Introduction
The reduction of anthropogenic greenhouse gases emissions into the atmosphere in order to mitigate climate change is considered one of the major challenges for humanity (Metz, 2010) . Carbon capture and sequestration (CCS) has been identified in recent decades as one of the most promising strategies to significantly reduce CO 2 emissions (up to 19% reduction according to IEA (2014) especially from large-scale power production. Although CO 2 capture is feasible with different technologies, the main limitation for the industrial exploitation of CCS is the high efficiency penalty associated to CO 2 separation, purification and compression, and the increase in investment costs related to the large number of additional process equipment, in particular when using coal as primary fuel (Finkenrath, 2011; MIT, 2006) . Among different technologies that have been discussed and presented, CLC (Fig. 1) represents one of the most viable solutions to achieve an effective mitigation of CO 2 emissions with a reduced efficiency penalty (Ishida and Jin, 1994) . CLC occurs in the presence of a metal (called oxygen carriers, OC) which is oxidized in contact with air (Eq. (1)) and
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Symbols B
stoichiometric coefficient for reaction of solid with reactant gas, mol s /mol g Bi m biot number for the mass transfer C g gas concentration, mol/m 3 C p heat capacity, J/kg K C s solid concentration, mol/m 3 D ax axial dispersion, m 2 /s D eff effective diffusivity of gas mixture, m 2 /s d p particle diameter, m E act activation energy, J/mol h m element of mass transfer coefficient, m/s k eff effective reaction constant = 1/s k g pre-exponential factor = 1/s (2) and/or Eq. (3)). The CO 2 contained in the exhaust gases from the reduction reaction is nitrogen-free and thus easily separated at high purity after water condensation. Many different oxygen carrier materials have been proposed and investigated for CLC operation (Adánez et al., 2004; Cho et al., 2004) . From an energy point of view, the oxidation reaction is always exothermic and the O 2 -depleted air is produced at high temperature, while the reduction reaction can be exothermic or endothermic depending both on the OC and on the fuel composition.
Me
CLC has been successfully demonstrated in circulating fluidized bed reactors (CFBR) at atmospheric pressure from 500 W th to 1 MW th (Anheden et al., n.d.; Forero et al., 2009; Markström et al., 2013 ) and a 10 MW th CLC loop is now under construction for a steam generation application (Sit et al., 2013) . A wide discussion about recent progresses in chemical looping technologies is reported in the recent literature (Adanez et al., 2012; Hossain and de Lasa, 2008; Gallucci and van Sint Annaland, 2011) .
As far as the application of CLC in large-scale power plants is concerned, different studies have been published in recent years mainly for pressurized CFBR operated with natural gas (Brandvoll and Bolland, 2004; Consonni et al., 2006; Naqvi and Bolland, 2007) . The CO 2 capture rate (CCR) is in the range of 60-90% with an electrical efficiency between 43 and 52% power plant of hundreds of megawatt, depending on the configuration, assumptions and materials used. Recently, coal-fired power plants based on CLC systems have been discussed, generally starting from a sulphur-free syngas from a coal gasification unit as fuel for the CLC loop operated at high pressure (Cormos, 2010; Erlach et al., 2011; Sorgenfrei and Tsatsaronis, 2013). A CO 2 capture rate above 95% can be accomplished with an electric efficiency approaching 40%. 1 All these studies show that a high efficiency can be achieved when a CLC system replaces the combustor of a gas turbine included in a combined cycle. This requires the CLC reactors to be operated under pressurized conditions, which are extremely challenging to accommodate in circulating fluidized beds because high pressure makes the circulation of solids in a stable condition difficult. Due to gas turbine integration, the fluidized bed reactor must be operated at very high temperature (the higher the better in term of plant efficiency) and, as consequence, the oxygen carrier degradation becomes an important issue in terms of gas-solid reaction. Solids crushing due to attrition also worsen the separation of solids required before feeding the downstream gas turbine with the high temperature depleted air generated during the oxidation step.
An alternative for pressurized CLC applications using coalderived syngas (or natural gas) are the dynamically operated packed-bed reactors, as the OC is not circulating and the gas is alternatively switched from the reactors (Noorman et al., 2007) . The use of PBR for CLC is based on the different reaction and heat front velocities along the bed during a gas-solid reaction: during the oxidation phase, the gas-solid conversion proceeds very fast along the reactor, while the heat front velocity is significantly slower so that the heat of reaction is stored in the bed which is heated up to high temperature (i.e. up to more than 1200 • C depending on the OC and operating conditions). After the solids are completely converted, the heat can be removed from the bed (heat removal phase) by blowing additional gas which is released at high temperature and can be efficiently converted to mechanical power in a combined cycle. After the solids are completely oxidized (and the heat removed), the reactor is switched to reduction operation (reduction phase) and the solids are then reduced by converting the syngas into H 2 O and CO 2 . Intermittent purge phase is required to remove traces of reactant gases after the oxidation/reduction phases. The use of PBR for CLC has been presented and described with a detailed particle model integrated into a standard dispersion reactor model using CH 4 as fuel (Noorman et al., 2011a,b) . The model has been validated with experimental results in a lab scale reactor (Noorman et al., 2010 (Noorman et al., , 2011c ) also using syngas from coal gasification (Hamers et al., 2014) .
This work represents an original contribution to the development of large-scale power plant fuelled with syngas from coal gasification using PBR for CLC which is the main goal of the FP7 Democlock project. The reactor design, the system operation and their effect on the other components are assessed in order to estimate the plant investment, the resulting cost of CO 2 avoided and the competitiveness with alternative CCS technologies. Due to the low cost and thermo-mechanical properties (Ortiz et al., 2014) ilmenite has been selected as oxygen carriers. The present technology has not been studied yet for natural gas applications since other important issues, such as the low CH 4 conversion with ilmenite, which is also endothermic, makes the implementation challenging unless a different OC and heat management is not adopted. Following the heat management strategy described above, Hamers et al. (2013) proposed to use dual stage PBR system for CLC using Cu and Mn 3 O 4 based OC, while a different approach for the heat management of a system operated with ilmenite (FeTiO 3 ) as OC has been discussed by the authors in a previous paper (Spallina et al., 2013) . Although the use of PBRs for CLC is very promising for efficient fuel conversion with near zero CO 2 emissions, several problems have to be solved before industrial exploitation of this system can be considered: (i) the dynamic reactor operation that is characteristic of packed-bed CLC can damage the turbomachines which cannot handle gas streams featuring rapid changes in temperature; (ii) the PBRs have to be assembled with a HT switching system (consisting of piping and valves) for which some technological issues need to be solved; (iii) due to the kinetics of the gas-solid reactions, the selection of the oxygen carrier type directly affects the heat management and therefore the system efficiency; (iv) the gas velocity has to be optimized considering a proper cycle time, acceptable pressure drop and mass and thermal dispersion.
The purpose of the present paper is the design of a network of PBRs for a real system operation for a hundreds-MW power plant working with syngas from coal gasification based on two different reactor configurations that have been optimized in a previous work (Spallina et al., 2014) . The number and size of the reactors are strongly determined by the maximum pressure drop acceptable for the gas turbine. A sensitivity analysis relates the reactor geometry (i.e. diameter and length) as well as the particle properties and their influence in the gas-solid reactions. Afterward, a switching procedure is proposed for reactor operation in a full-scale power plant. Based on the heat/mass balances calculated for the full-scale power plants, the reactor behaviour has been investigated by means of a one-dimensional adiabatic model and used to obtain a detailed analysis of the entire system. Finally, the tuning of the dynamic operation of the PBR with the continuous operation in the other components of the plant is discussed.
System description
Heat management strategies
A detailed analysis of dynamically operated packed bed reactors for CLC has already been provided in Spallina et al. (2013) for a demo-scale plant using ilmenite as oxygen carrier and syngas from a coal gasification plant as fuel. A complete cycle consists of oxidation, reduction and heat removal phases. In the previous analysis two different reactor heat management strategies have been investigated which result from an optimization in terms of solid and fuel conversion and temperature control of the system. In the first case, the heat removal has been carried out by feeding air to the reactor after the oxidation phase until the bed is completely cooled down and, in the second case, inert gas (N 2 ) has been used in order to carry out the heat removal after the reduction cycle.
The second heat management strategy is based on the use of N 2 for the heat removal phase that takes place after the reduction phase in a bed with reduced solid material. In this case the reduction phase occurs directly after the oxidation phase (followed by a short purge) so that the solid material is at the maximum temperature and the syngas conversion is properly accomplished. Notably, this strategy proves effective just in case the oxygen carrier reduction is neutral or even exothermic so that the bed is maintained at the maximum temperature for the following heat removal stage. This is actually the case of reducing ilmenite with CO-H 2 syngas, (whose heat of reaction is weakly exothermic) considered in this study. Utilization of an abundant, cheap, non-toxic material such as ilmenite represents the relevant advantage offered by this strategy. On the other hand, this heat management strategy results ineffective for a combination of reducing agent and oxygen carrier leading to a strongly endothermic reaction (as it is the case of natural gas and ilmenite). In this case, the bed would significantly cool during the reduction phase resulting in an inefficient heat recovery during the following heat removal stage. For this strategy, two different configurations have been proposed:
• Co-current feeding ( Fig. 2a ): all the streams are fed from the same side of the reactor. Exhaust gases from the reactor operated in reduction are produced mostly at high temperature. The exhaust conditions result from the bed temperature profile after the oxidation stage, because the high temperature solids at the end of the reactor heats up the CO 2 /H 2 O stream before it is discharged. • Counter-current feeding ( Fig. 2b) : during oxidation and purge, the gas streams are fed at the opposite part of the beds with respect to the reduction phase. In this configuration, the CO 2 /H 2 O stream is produced at a lower average temperature, as a consequence of the bed temperature profile, whose left end side is at low temperature after oxidation and hence cools the reduction products at this temperature.
Main assumptions
The results from the heat management analysis proposed in our previous paper (Spallina et al., 2013) have been used to predict the mass and heat balances of a 450-500 MW e 350-400 MW coal-fired power plant including a PBR based CLC system. The simplified layout of the plant considered in this work is reported in Fig. 3 . The thermodynamic analysis, optimization and complete discussion of the plant integrated with PBR for CLC have been presented from the authors in Spallina et al. (2014) and the main data and assumptions resulting from the optimization are taken from that work. The coal is first converted in an oxygen-blown Shell gasifier using rich CO 2 in the lock hoppers to feed coal into the reactor. After the syngas coolers, the sulphur compounds present in the syngas are first converted into H 2 S through a COS-hydrolysis fixed bed operated at 180 • C and then removed by means of a Selexol ® absorption process using a mixture of dimethyl-ethers of polyethylene-glycol as solvent. The clean syngas is then mixed with recirculated exhaust gases leaving the reactor operated in reduction, in order to increase the oxygen content of the stream. The resulting stream is then preheated and finally fed to the packed bed reactor. The produced CO 2 -rich stream is cooled down to ambient temperature and, after the H 2 O is separated by condensation, the residual CO 2 is dehydrated and compressed to 110 bar for the final storage. The oxidation phase is carried out by feeding air from an air compressor at 17 bar and the produced N 2 is then mixed with the N 2 main stream operating the heat removal phase. The gas turbine is designed as a semi-closed Joule-Brayton cycle where the N 2 required is compressed, heated up in the PBRs during the heat removal phase, expanded in a large-scale heavy-duty gas turbine and, after cooling in a heat recovery steam generator, part of it is vented to the stack and the remaining part is cooled to ambient temperature and recirculated at the compressor inlet. The CLC operating pressure has been set to a value (17) representing the best compromise for the efficiency of the two configurations considered (co-current and counter-current feeding) as evidenced in Spallina et al. (2014) . The negligible influence of the CLC operating pressure on the overall plant performance, fully justifies this assumption.
The PBRs are supposed to continuously process the mass flow rates of gases coming from the other sections of the power plant. A reactor network has been designed limiting the pressure drop over the reactors, because this strongly affects the plant performance. For a fixed reactor geometry and given solid material properties of the selected oxygen carrier, the pressure drop is mainly dependent on the gas flow rate, so that an increased number of reactors operated in parallel during the same phase are required to limit the pressure drop. This important effect implies that the reactor design and size assessment has to take into account the pressure drop associated to each single phase. For the present analysis, the maximum pressure drop has been set to 8%, as a design parameter which is of the main importance for the gas turbine. From a techno-economic point of view, the maximum pressure drop must be optimized: from one hand, by increasing the pressure drop a higher flow rate is handled by a single reactor reducing the cost of the CLC unit resulting in a lower capital cost. From the other hand, a higher pressure drop increases the air/N 2 compressor power requirement thus reducing the overall plant performance and increasing the operational cost of the system. In the current authors' opinion, the assumed 8% pressure loss can be the optimal compromise between these conflicting requirements and it has been therefore adopted in this preliminary plant assessment. Other design constraints are dictated by the maximum size necessary to move pre-assembled reactors from a workshop to the plant at reasonable cost, and the minimum length according to a lengthdiameter ratio to ensure a homogeneous flow distribution over the entire reactor cross-section.
Reactor design
The assessment of the number of reactors has been carried out following the schematic procedure represented in Fig. 4 . The calculation has been done for different reactor geometries by varying the internal diameter (Ø) and the reactor length (L). The solid material composition (inert to active OC ratio) has been chosen in order to reach 1200 • C during the oxidation phase (with a temperature increase of about 750-800 • C). A maximum admissible solid temperature of 1250 • C has been chosen in order to keep a safety margin to avoid local overheating and possible damage for the material despite the sintering temperature for ilmenite being 1595 • C. 
Model description
The set of equations that have been used for the calculations are listed below. The pressure drop has been calculated by the Ergun equation (Ergun, 1952) :
where v is the fractional void volume in the bed, is the dynamic fluid viscosity, ϕ is the sphericity of the particles used, d p is the particle diameter, is the fluid density and v is the superficial gas velocity. The gas properties have been evaluated at the maximum temperature achieved in the bed (according to Eq. (5) proposed in (Noorman et al., 2011c) ), because this results in the largest pressure drop, calculated with the following equations:
where T 0 is the initial solids temperature before the oxidation (which is equal to the feed temperature of the N 2 during the heat removal phase), y 0,FeO is the maximum active weight content in the solid material, is the stoichiometric factor of the oxidation reaction, H R is the heat of the reaction between O 2 (from air) and FeO during the oxidation phase when a large amount of heat is released and stored in the bed.
Effect of diameter and reactor length
The inlet gas conditions for this analysis have been calculated in a previous work (Spallina et al., 2014) . The main input data that have been used for the present analysis have been listed in Table 1 .
A sensitivity analysis on the reactor diameter and reactor length has been carried out in this work. Following the procedure presented in Fig. 4 , the total number of reactors required for continuous operation has been calculated. At constant gas velocity and reactor length (meaning that residence time and pressure drops keep constant), when increasing the diameter (Ø), the mass flow rate per single reactor increases and therefore fewer reactors are required, while at constant reactor diameter, when increasing the reactor length, a lower gas flow rate per single reactor is required to comply with an assigned pressure loss and, as a consequence, more reactors and a longer residence time are obtained.
The results of the analysis are presented in Fig. 5 for both configurations. In both cases, the number of reactors increases by increasing the reactor length due to the linear dependence between the pressure drop and the reactor length. The number of reactors used for the heat removal is significantly higher because the mass flow rate of the N 2 -rich gas is much higher than the other streams; the difference increases by increasing the reactor length and decreasing the reactor diameter and it is more pronounced for the counter-current configuration because a higher N 2 flow rate is required to remove heat for the beds as discussed in Spallina et al. (2014) .
Due to some geometrical constraints (internal refractory, external insulation, gas diffuser/manifold, etc. . . .) that are required for the reactor construction, the maximum internal diameter has been chosen equal to 5.5 m. The reactor length has been selected according to the cycle time. A long phase time is preferable to avoid overstressing the switching system and to reduce CO 2 leakages occurring during the phase changes. For this reason the minimum reduction phase time has been chosen equal to 15 min and consequently the selected option is a reactor with a length of 11 m and a diameter of 5.5 m. It should be noted that a techno-economic optimization is required for the selection of the best option.
Effect of particle size
In a fixed bed reactor the particle diameter is usually much bigger than in fluidized-bed reactors, because a relatively large Fig. 4 . Schematic of the procedure for the calculation of the required number of reactors. particle diameter is required to limit the pressure drop, as easily deducible from Eq. (4). Fig. 6 presents the results of a sensitivity analysis on the total number of reactors carried out for a reactor of 5.5 m diameter on the particle diameter by changing the reactor length for both configurations considered. By increasing the particle diameter, the number of reactors drops significantly for both the co-current and counter-current configurations and the phase time is decreased from 17 min with d p . Sensitivity analysis of the minimum number of reactors required for the co-current ( ) and counter-current ( ) configurations for different reactor diameters (Ø) and lengths. The particle diameter is assumed 5 mm.
Table 1
Gas streams and solid conditions that have been used for the analysis of the two different configurations.
Co-current
Counter-current equal to 3 and 5 mm to almost 6 min in case of d p equal to 20 mm. This analysis assumes that the solid conversion is not affected by the particle size. However, a study (Noorman et al., 2011a) on a Cu-based oxygen carrier with a particle diameter equal to 1 mm showed that internal mass transfer limits the solid conversion already at this relatively small particle diameter. A numerical analysis (accomplished with the 1D particle model developed in Noorman et al. (2011a) and briefly discussed in the Appendix) has thus been carried out to quantify the effect of internal mass transfer limitations in our reactor. The volume of the spherical particle is kept constant and mass/density changes during the gas-solid reactions are accounted for in the porosity of the particle. The structure of the particle is described by the porosity, the tortuosity and the average grain radius.
The particle model has been applied assuming four different particle diameters ranging from 1 mm up to 10 mm. Due to the strong dependence of the reaction rate on the temperature, the particle effectiveness factor has been estimated at different temperatures (as a function of the solid conversion). In fact, at higher temperatures the reaction kinetics is faster, so that the diffusion limitations become more prominent and the effectiveness factor decreases. In Fig. 7 are reported the solid conversion during the time at different d p (left side) and the effectiveness factor profile at different temperature for the oxidation reaction (a) and the reduction with H 2 and CO (respectively b and c). The figures show that in case of CO this Fig. 6 . Effect of the particle size on the total number of reactors required with an internal diameter equal to 5.5 m and different reactor lengths. Co-current configuration ( ) and counter-current configuration ( ). The particle diameter is assumed 5 mm. Fig. 7. (a) Oxidation is carried out with air (21% O2 79% N2); (b) reduction with H2 (15% H2 20% H2O 65% N2); (c) reduction with CO (15% CO 20% CO2 65% N2. On the left solid conversion occurs at 1200 • C with solid material with different particle diameter; on the right side the effectiveness factor depicted at different temperatures by varying the conversion of solid material with particle diameter of 5 mm. effect is more pronounced due to the lower reactivity compared to the other reactions.
Despite the fact that selection of a larger particle diameter would significantly reduce the number of reactors required, its effect on the reaction rate is relevant. However, the model used for the assessment of the effectiveness factor has been validated with experimental data only at atmospheric pressure and thus some additional analysis is required for a more comprehensive description of the phenomena involved using high pressure CLC with large particle diameters. The heat management of the system discussed in the next paragraphs is referred to the 5 mm particle diameter. The corresponding effectiveness factors have been included in the kinetic model to calculate the solid conversion.
Operation strategy
The integration of dynamically operated PBRs in an IGCC power plant poses some significant challenges in terms of system operation. The IGCC plants are based on continuous operation and the turbomachines are designed to be properly operated in a limited range of mass flow and temperature fluctuations. In the proposed system, the N 2 stream for the purge phase is taken from the main stream and used for the heat removal phase. The two streams are mixed together at the reactor outlet. The flow rate of the purge stream is set by assuming that an amount of N 2 equal to 5 times the reactor volume (required to effectively purge the reactor) is fluxed during a single phase time according to industrial practices. 2 The operation strategy adopted has been selected to limit the flow rate, temperature and pressure fluctuations in the streams addressed to the plant components (especially the turbomachines) after the reactors in order to ensure safe operation.
No spare units are considered in the analysis. The sequences of the succeeding reactor phases are depicted in Fig. 8 for the cocurrent and counter-current configuration respectively. Note again that the different total number of reactors in the two different configurations results from the different N 2 mass flow rates required for the heat removal phase, as shown in Table 1 . The sequence is based on running the reactors with a phase displacement of 1/3 oxidation/reduction phase time ( ). This phase displacement allows one single reactor to be operated in the purge phase with a duration of /3. The has been chosen equal to 90% of the time required to obtain full solid conversion to avoid excessive fuel slip during the reduction phase. The main results from the design procedure used as set values in the 1D adiabatic packed bed reactor model have been summarized in Table 2 . From these results it is evident that the pressure loss governs the choice of the number of reactors in the heat removal phase, while the number of reactors in the oxidation/reduction phases is essentially determined by the assumed minimum phase time.
The benefits for turbomachines and heat exchangers downstream the CLC units due to a phase displacement for the reactor operation are shown in the next section.
1-D analysis and reactor behaviour
Kinetic and thermal models
The model used for the present investigation is based on a 1D adiabatic axially dispersed packed bed reactor model, reported in the following sections. The kinetic model for the ilmenite conversion is based on equations provided by earlier work of Abad et al. (2011) and properly re-arranged (Eqs. (11-13)) to be used in the model. The gas-solid reactions for the oxidation and reduction cycle are:
Oxidation 2FeTiO 
Reaction rate rr
Derivation of k eff from (Abad et al., 2011) ; wheret chr = m r g bk s C n g dX dt t→0 = 3 · bk s C n g m r g ; where k s = k so,i exp −E act RT (12)
The total reduction of ilmenite to FeTiO 2 (Fe + TiO 2 ) has to be prevented because pure iron has low selectivity towards CO 2 and H 2 O and working at high temperatures the solid tends to agglomerate into bigger Fe particles causing deactivation of the oxygen carrier as well as clogging of the packed bed. In this study it was assumed that the solid conversion does not include the intermediate solid states so that the active solid material goes from hematite (Fe 2 O 3 ) to wüstite (Fe 0.947 O), while titanium oxide is treated as inert material and does not take part in the chemical transformations. It must be noticed that also Fe 3 O 4 appears during the reduction/oxidation reactions either as single component or in combination with TiO 2 . In case of reduction from Fe 2 O 3 to Fe 3 O 4 the reaction rate is much faster than Fe 2 O 3 to FeO (which is instead considered for this study) and therefore with a more completed kinetic model, part of the solid that will not react (as it is shown later because of low temperature) will be partly reduced from Fe 2 O 3 to Fe 3 O 4 with an increase in the oxygen transfer capacity of the bed. From a thermal point of view the temperature difference would be negligible due to the low heat of reaction associated. In case of oxidation, the reaction rate from FeO to Fe 2 O 3 is already fast enough and therefore we do not expect any relevant change in the solid composition and in temperature profiles of the bed.
The main assumptions are: (i) radial temperature or concentration gradients are neglected 3 ; (ii) the heat transfer limitations from gas to solid phase are accounted for in the effective heat dispersion (pseudo-homogeneous model); (iii) heat losses through the reactor wall are neglected. The governing equations of the mass and energy balances for the reactor model and the constitutive equations for the description of heat and mass dispersions are reported below. The numerical solution of the 1D reactor model is based on a finite difference discretization technique with higher order temporal and spatial discretization with local grid and time step adaption (Smit et al., 2005) . More details about the reactor model can be found in Hamers et al. (2013) and Spallina et al. (2013) and the main equations are reported in the appendix ).
Model results
The dynamically operated PBRs have been simulated along a complete cycle (oxidation-purge-reduction-heat removal) with the operating conditions previously discussed. The results presented have been obtained after running the model about 10-15 cycles to reach cyclic steady-state conditions which represent the typical reactor behaviour.
Co-current system
The first simulation, related to the co-current configuration, has been run according to the operation strategy of Fig. 8a with the inlet conditions of the gas streams and the solid material properties shown in Table 1 . Fig. 9 shows the evolution of the gas temperature and the specific mass flow rates [kg gas /(s m 2 )] at the reactor outlet of a single reactor operated through subsequent oxidation/purge/ reduction/heat removal phases in the cyclic steady state.
During the oxidation phase, the stream at the reactor outlet is composed of N 2 from ambient air completely deprived of oxygen except for the last fraction of the period when some oxygen is also detected, mostly caused by axial mass dispersion. During the reduction, the outlet gas mainly consists of CO 2 and H 2 O and the mass flow rate increases due to the effect of the oxygen transfer. The fuel slip is detected at the end of the reduction phase where some unconverted CO and H 2 are released from the reactor. During the purge and the heat removal phases the N 2 -rich streams do not change in concentration because only heat transfer occurs. Other species contained in the reactor at the beginning of the each phase are entrained with the stream. During the oxidation, N 2 is produced at different temperatures with a T of about 450 • C. During the reduction phase, the exhaust gas temperature increases from 614 • C up to 1250 • C. The N 2 for the heat removal is leaving the reactor with a temperature that is decreasing from 1230 • C to 1070 • C. The temperature profile at the reactor outlet is determined by the solid temperature evolution profile during the cycle in the solid material (Fig. 10) . After the heat removal phase (i.e. beginning of the oxidation phase) the solid temperature profile is around 450 • C in the first part of the reactor and in the last part the profile is not constant but a minimum solid temperature is present (around 340 • C); when the oxidation phase ends, the reaction front has reached the end of the reactor while the heat front has moved to the first 20% of the reactor length which is left at the inlet air temperature. At the end of the oxidation phase the maximum solid temperature is achieved (around 1200 • C), with a peak at 1270 • C in some restricted reactor zones (between the 75% and the 85%) where the solid temperature was about 500 • C at the beginning of the oxidation phase. After the purge phase the solid temperature profile along the reactor length does not change significantly (the heat front moves by about 2-3% of the total reactor length).
When the reduction starts the solid conversion occurs with two different conversion velocities: in the first part of the reactor the conversion proceeds slowly due to the local low temperature while the syngas is reacting very fast with solid material in the hot part of the reactor (Fig. 11) . At the end of the reduction phase, the solid conversion is almost complete except for a small part at the beginning of the reactor. The solid temperature profile has changed (blue line in Fig. 10) : the solid temperature drop to 330 • C is due because during the reduction the solid has been converted only by H 2 (the reduction of ilmenite with H 2 is endothermic). The reason for the solid temperature drop during the oxidation phase between the 30% and the 40% of the reactor length (see Fig. 10 ) is the small amount of unconverted solid during reduction between the 10% and the 20% of the reactor length in Fig. 11 . Finally, during the heat removal phase, the bed is almost completely cooled down.
The results of the system operated with the conditions reported in Table 1 show two main problems: (i) the maximum solid temperature during the oxidation phase reaches 1270 • C in the second part of the reactor and (ii) the solid conversion during the reduction is low in the first part of the reactor which leads to a lower solid temperature (about 960 • C) in some restricted zones of the reactor after the oxidation reaction.
In order to keep the solid temperature below the assigned limit (1250 • C), a lower initial solid temperature has to be used (according to Eq. (5)) which directly depends on the inlet syngas temperature. Therefore by using 467 • C (instead of 517 • C) as inlet syngas temperature, the initial solid temperature decreases and after the HR phase the solid temperature profile is less fluctuating and the maximum temperature is limited to 1220 • C (Fig. 12) . For the complete solid during the reduction phase, an higher reaction temperature is required which imply a higher solid temperature especially in the part at lower temperature after the Oxidation phase ( Fig. 12 ) and the initial solid temperature depends on the air inlet temperature. Almost complete solid conversion can be achieved if the air inlet temperature is increased (from 404 • C to 517 • C) because the syngas is reacting with the solid at higher temperatures in the initial part and therefore during the oxidation, all the reactor is reaching the maximum temperature ( Fig. 12) .
Counter-current system
The first simulation related to the counter-current configuration has been run with the gas inlet conditions and the solid material properties shown in Table 1 , and the number of reactors calculated in Section 3. Fig. 13a shows the stream outlet temperature and specific mass flow rates at the reactor inlet and outlet during the complete cycle. O 2 depleted air is released at constant temperature (about 440 • C) during the whole oxidation phase. When the bed is completely oxidized, the purge phase starts. Once the purge phase is completed, syngas is fed to the other reactor end (right hand side on the x-axis of Fig. 14) and the solid conversion proceeds very fast because the syngas is contacted with high temperature solids. The gas temperature at the reactor outlet increases up to 1275 • C at the end of the reduction phase. In the HR phase, after a long time in which N 2 is released at 1185 • C, the temperature drops to about 890 • C at the end of the cycle. The temperature peak is due to an excessive overheating of the solids in the left hand side of the reactor (Fig. 13a ) that occurs during the beginning of the oxidation phase when the OC is completely reduced and the initial solid temperature is high as can be deduced from Eq. (5). Reducing the temperature peak requires a slightly higher heat removal N 2 flow rate compared to the value selected for an 8% pressure loss. By increasing the specific N 2 mass flow rate from 3.6 to 3.8 kg/(s m 2 ) the following trends can be discerned (Fig. 14) :
• The OC conversion during the reduction phases decreases because the solid temperature on the left end of the reactor does not allow sufficiently fast kinetics and thus a higher fuel slip occurs. In fact, at lower specific N 2 flow rates, the OC on the left hand side of the reactor is always at the reduced state and never takes part in the reactions. • As a consequence of the reduced solid conversion on the left end of the reactor during the reduction phase, the solid temperature after the oxidation phase presents a sort of dip which is more pronounced in the presence of a lower OC conversion. • The slight increase in the N 2 stream during the heat removal phases (respectively 0.1 and 0.2 with respect to the initial 3.6 kg/(s m 2 )) implies that, for a given geometry of the reactors, an equivalently higher N 2 flow rate has to be recirculated inside the gas cycle decreasing the average gas temperature from the reactors to the gas turbine and slightly increasing the pressure drop with a negligible effect on the overall plant efficiency. • In case of abandoning a homogeneous active/inert material ratio distribution along the bed, the solid temperature profile could also be controlled and the temperature peak can be avoided by using the same gas flow rate in heat removal phase. However, this solution has not been investigated since the feasibility for a large-scale power plant is doubtful.
In terms of temperature fluctuations, the optimum solid temperature profile has been obtained for the N 2 mass flux of 3.7 kg/(s m 2 ). The corresponding gas conditions at the reactor outlet during the complete cycle and the axial solid temperature profile along the reactor at the end of the cycle phases are depicted in Figs. 13b and 14 . In comparison with the previously discussed cocurrent configuration (Fig. 9) , the temperature profile at the reactor outlet during the reduction phase is less pronounced and there is no peak temperature during the heat removal phase; on the other hand more CO and H 2 is lost during the reduction phase because of fuel slip.
In Fig. 15 two main heat fronts can be distinguished: the first one moves from the right to left hand side of the reactor according to the feeding direction of the syngas and the N 2 for the heat removal phases and it is responsible for cooling down the part of the reactor already reduced. The second heat front moves from the left to the right hand side of the reactor following the feeding direction of the air (during oxidation) and the N 2 for the purge phase. During the reduction the heat front on the left side is moved back (from right to left) and the high temperature wave pre-heats the solid OCs before they are reached by the reaction front improving the kinetics. In fact, this configuration has the advantage that it keeps the high temperature heat coming from the oxidation reaction inside the reactor by moving it from right to left improving the solid conversion.
Dynamics of the CLC system during power plant operation
The results obtained from the dynamically operated PBR adiabatic model are finally used to define the conditions of the streams at the inlet of the gas turbine expander and the CO 2 /H 2 O cooler placed after CLC block.
For the co-current configuration, the temperatures of the mixed gas streams leaving the reactors operated in the different phases are shown in Fig. 16a . Despite the exhaust gases leaving the single reactor with a maximum T of 595 • C (from 615 • C to 1210 • C) as shown in Fig. 9 , the heat exchanger downstream of the reactors operated in reduction receives a mixed gas stream with a maximum T of 170 • C (from 1020 • C to 850 • C) that is changing every 1/3 (less than 6 min) according to the operation strategy proposed in Fig. 8 . It may represent an important stream fluctuation for the steam generator, and therefore for the steam turbine, that should instead operate at stable conditions. However, the power plant is receiving additional steam from the syngas coolers and the heat recovery steam generator that mitigate those fluctuations. The O 2 -depleted air from the oxidation phase is released from a single reactor with a temperature fluctuation between 1160 • C and 640 • C. Due to the phase displacement in the reactor operation, the N 2 temperature fluctuation is significantly lower (close to 250 • C) every 1/3 . The N 2 from the oxidation is then mixed with the N 2 that is compressed in the GT-compressor (which is almost 3 times higher than the N 2 leaving the reactor in oxidation) and a small fluctuation of 40 • C occurs for the inlet flow during the HR phase. This fluctuation does not represent a problem for the reactor that is designed to handle a dynamic operation under very high temperature changes. Finally, during the HR phase, the N 2 is delivered from the single reactor from 1227 • C to 1132 • C but the mixed stream (from the 7 reactors operating with a phase displacement in heat removal) is sent to the GT with a small temperature change of 6 • C that is significantly lower than the maximum temperature fluctuation allowed for GT dynamic operation. It is important to notice that the temperature fluctuation occurs every time the reactors are switched (every 1/3 ) which implies that also in the case of heat removal the temperature fluctuation frequency is independent of the number of reactors that are operated in parallel.
For the counter-current configuration, the gas conditions show different results (Fig. 16b) . The exhaust gases from the reactor operated in reduction are sent to the cooling system with a temperature ranging from 544 • C to 713 • C which may require a specific design for the heat exchangers. The O 2 -depleted air is delivered from the reactor at constant temperature (437 • C) which is the same as the N 2 stream that is delivered by the compressor. The maximum T of the N 2 that is conveyed to the GT is around 6 • C, which is mostly due to the high temperature change of the N 2 during the HR (1011-1189 • C).
According to the results obtained in this paper the co-current configuration is more convenient because of the reduced investment costs associated with the CLC unit (due to the lower number of beds) without any relevant difference in the plant performance as shown in Table 1 and amply discussed in Spallina et al. (2014) . Another important drawback for the counter-current configuration is the high sensitivity to the N 2 flow rate in terms of temperature control and solid conversion, as shown in Fig. 14 , which make the system less flexible: conventional large-scale power plant usually are operated with different flow rates that depend on the dynamic of the turbomachines as well as the power production required. Fig. 16 . Gas temperature after the mixing of the streams that are leaving the reactor operated in (a) co-current configuration (T in,syngas 466 • C; T in,air 520 • C) and (b) countercurrent configuration (with 3.7 kg/m 2 s in the HR phase).
However, the co-current CLC PBR operation affects the power plant design in terms of gas turbine size, steam cycle complexity and cost of heat exchangers (especially in the case of co-current configuration for the exhaust cooling) and therefore a more detailed economic analysis is required. In this respect, assessment and design of the CLC units that have been discussed in this paper is essential in order to estimate the cost of the plant and the subsequent cost of electricity and CO 2 avoidance.
Conclusions
This paper has investigated the design and the heat management of PBRs for chemical looping combustion in a large-scale power plant operated with coal-derived syngas. The analysis was started with the calculation of the total number of reactors required to operate the plant in continuous mode. The reactor design assumptions imply that a short reactor length and a high diameter are preferable in order to reduce the number of reactor vessels (and thereby other critical components such as high temperature valves). The analysis has shown that 14-16 reactors (depending on the configuration adopted) with an internal diameter of 5.5 m and a length of 11 m are required for a fully integrated large-scale power plant. Adopting a 5 mm particle diameter (larger than the 3 mm considered in a previous analysis, (Spallina et al., 2013) ), allows for reduction of the pressure losses and, consequently, the number of reactors, but some intra-particle diffusion limitations may prevail, lowering the solid conversion.
The possibility of switching the reactors with a proper phase displacement has been proposed for continuous plant operation and has been discussed in detail. This method allows for reduction of the number of reactors by operating only one unit in purge and, most importantly, decreasing the temperature fluctuations of the gas streams sent to units downstream of the CLC system by properly mixing the gas streams exiting the reactors operated in parallel. A detailed analysis of the reactor behaviour employing an adiabatic reactor model has shown that the heat management strategies adopted for the configurations proposed are realistic. The CLC system releases a large N 2 flow at an adequately constant high temperature which can be conveniently used in a combined cycle for efficient power generation.
The effect of the inlet temperature of the syngas and air streams required for the co-current configuration was investigated to prevent overheating and ensure an almost complete conversion of the solids in the presence of a CO-rich gas like coal-derived syngas. As far as the counter-current configuration is concerned, it was concluded from the simulations that a precise selection of the specific velocity of the N 2 stream used in the HR phase is essential for a proper dynamic operation of the beds.
From an economic point of view, the use of PBR for CLC is directly related to the expected plant CAPEX cost due to the material required for the reactor construction and the amount of critical auxiliary components (such as HT valves and interconnecting piping), posing substantial limits to the feasibility of this technology. It is also important to highlight that the manufacture of specifically designed conventional equipment (i.e. turbomachines, heat exchangers, etc.) requires additional R&D costs that could significantly slow down the deployment of the technology. A more detailed economic assessment is required to balance these unfavourable aspects against the substantial advantages in plant efficient permitted by the implementation of the PBR-CLC technology. The technical and economic implications of a full exploitation of PBR for CLC require additional research and investment, but based on the current study work, the technology proposed appears to lead to greater than 40% electric efficiency and reduced CO 2 emissions (the carbon capture rate is greater than 96%) which significantly reduce the costs associated with the implementation of CO 2 capture technology at large-scale in comparison with the benchmark technologies (pre-combustion plant can reach 35-37% of electric efficiency with CO 2 avoidance <90% as estimated in Spallina et al. (2014) . Moreover, a proper heat management and reactor design can reduce the gap between PBR which is at the early demonstration stage and the implementation of this technology at industrial scale.
Appendix.
A.1. Particle model
The homogeneous model adopted (taken from Wen (1968)) is based on two stages of solid conversion: the first stage consists of a non-catalytic gas-solid reaction in which the solid on the external surface of the particle is converted by reacting with gas. The second stage starts when the material is completely converted on the external surface and the intra-particle diffusion limitations in the increasing product layer start to affect the average reaction rate so that a diffusion zone and a reaction zone are created respectively in the external and internal part of the particle. The model is used to estimate the effectiveness factor 4 profile in the range of operating temperature and particle diameters in the analysis.
The solid conversion and the particle effectiveness factor are a function of the Thiele modulus 5 (Ф) and the Biot number for mass transfer (Eqs. (21) and (22)). The main equations (Eqs. (23)-(25)) have been listed below. For a detailed description of the model the interested reader is referred to Noorman et al. (2011a) 
Effectiveness factor Áv, % Áv = 3 2 t an h(˚)
−
, wherex = r/R
Dimensionless reaction time, ϑ1,2 Â1 = 1 − 2 Bim t an h(˚) − 1 Â2 = 1 +˚2 6 1 + 4 Bim (25) 4 The effectiveness factor is defined as the ratio between the actual overall rate of reaction and the rate of reaction that would result if the entire interior solid surface were exposed to the reactant gases at bulk conditions as: 
from Gunn and Misbah (1993) .
Nusselt number Nu = (7 − 10ε g + 5ε 2 g )(1 + 0.7Re 0.2 Pr 1/3 ) + (1.33 − 2.4ε g + 1.2ε g 2)Re 0.7 Pr 1/3
from Gunn (1978) Axial mass dispersion D ax = 0.73 ReSc + 0.5 ε g + ((9.7ε g 2)/ReSc) v g d p (20) from Edwards and Richardson (1968) .
